Evaluation of electrodialysis for scaling prevention of nanofiltration membranes at high water recoveries
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ABSTRACT 

The water recovery of nanofiltration in drinking water production is limited to 80-85%. When the water recovery is increased, there is a risk of scaling of sparingly soluble salts, such as CaSO4 or CaCO3, onto the membrane surface. There is a need for robust technologies that handle the problem of mineral scaling in nanofiltration and reverse osmosis, allowing operation at higher recoveries, i.e., with a higher production of potable water. In this study, the retentate stream of a nanofiltration unit was therefore desalinated by electrodialysis. Two different ion exchange membrane pairs, namely AMX-CMX (Neosepta, Japan) and FTAM-FTCM (Fumasep, Germany) were used for this purpose. The membrane pairs were compared on the basis of their removal efficiency of the main ions present in natural waters, with special attention to calcium and sulphate ions. The economic feasibility of retentate treatment by electrodialysis is discussed as well.  The FTAM anion exchange membranes of Fumasep were able to remove sulphate ions faster, relative to chloride or nitrate ions. This is unexpected, because sulphate ions have a high hydrated ionic radius and steric hindrance typically obstructs their transport through anion exchange membranes, as is the case with the AMX membranes. This feature makes the FTAM membranes appropriate for the desalination of retentate streams of nanofiltration and reverse osmosis membranes, in water recycling applications. The other membranes can be regarded as non-selective.
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INTRODUCTION

Nanofiltration (NF) is an effective and reliable method for combined removal of a broad range of pollutants in surface water, such as natural organic matter (NOM) (de la Rubia et al., 2008) and various micropollutants (Verliefde et al., 2007). This makes NF an appropriate technology for the production of drinking water from surface water. However, fouling of the membranes results in a reduction in water flux, and thus leads to higher treatment costs (Al-Amoudi and Lovitt, 2007). Fouling and subsequent cleaning of the membranes causes gradual deterioration of membrane materials, resulting in a compromised permeate water quality and ultimately, a shorter membrane lifetime (Al Amoudi and Lovitt, 2007; Košutić and Kunst, 2002; Seidel and Elimelech, 2002). When NF is applied in the drinking water industry, it is economically unattractive to raise the water recovery, i.e., the ratio of permeate and feed stream, to values higher than 80%, because of the increasing treatment costs (Nederlof et al., 2005). The remaining fraction, i.e., the retentate stream, is usually discharged into the surface water (Nederlof et al., 2005). As problems with water scarcity are expected to grow worse in the coming decades (Shannon et al., 2008), wasting 20% of the feed water is questionable.

Therefore, it is necessary to find technologies that restrict the discharge of retentate streams. The retentate stream will be treated by specific technologies, so that it can be fed to a second NF module, without increased membrane fouling. Membrane fouling by NOM, present in the retentate stream, could be alleviated by O3 oxidation. Van Geluwe et al. (2011) investigated the effect of O3 oxidation on organic fouling of NF membranes. The filtered solution consisted of pre-treated surface water that was first concentrated to 22% of its original volume. O3 oxidation had a positive effect on the membrane flux of all the investigated NF membranes (NF 90, NF 270, Desal 51, NF-PES 10). On average the membrane permeability increased by 30% at an O3 dose of 24 mg per liter retentate. The higher membrane flux is caused by the selective decomposition of unsaturated bonds and hydrophobic components in the NOM by O3. O3 oxidation is thus an appropriate method for retentate treatment in drinking water industry.

However, scaling can become a serious problem when the water recovery of the membrane unit is increased. It does not occur as frequently as organic fouling in membrane filtration (Vogel et al., 2010), but if it occurs, it can result in a complete loss of permeate flux (Tzotzi et al., 2007). At high water recoveries, the retentate stream becomes highly concentrated at the membrane surface. When the concentration of a sparingly soluble salt in the solution exceeds its solubility product constant Ksp, the salt crystallizes onto the membrane surface, with the formation of a dense and adherent scaling layer. Whether scaling will occur or not depends on the composition of the filtered water and the ion retention of the membranes. Troublesome salts that can cause scaling are CaSO4, CaCO3, MgCO3 and Mg(OH)2 (Venkatesan and Wankat, 2011). 

The problem of scaling during the filtration of retentate streams, can be alleviated by various methods. Antiscalants are used to suppress the precipitation of inorganic salts to a certain extent. However, even with the use of antiscalants, the problem of scaling is not mitigated completely (Rahardianto et al., 2007). The solubility of salts such as CaCO3, MgCO3 and Mg(OH)2, depends on pH. Lowering the pH results in a reduction of the saturation index (the ratio of the ion activity product to the solubility product constant Ksp of the salt) to values lower than one, thus inhibiting scaling (Rahardianto et al., 2007). For instance, the precipitation of CaCO3 is prevented by lowering the feed water pH to 6.0 and the precipitation of Mg(OH)2 is prevented by maintaining the pH lower than 10.5. However, the solubility of CaSO4 and silica are not sensitive to pH over the typical operating range of NF and reverse osmosis (RO) (4 < pH < 8)(Venkatesan and Wankat, 2011). The potential for silica scaling is reduced by coagulation prior to membrane filtration. Silica is removed by precipitation with polyvalent metal hydroxides, such as Fe(OH)3 and Al(OH)3, two commonly used coagulants (Venkatesan and Wankat, 2011). 

The scaling of CaSO4 is the major limiting factor for water recovery (Rahardianto et al., 2007). The concentration of the ions calcium and sulphate will be high in the retentate stream, because the retention of divalent ions by NF membranes is much higher than the retention of monovalent ions, due to Donnan exclusion (Ouyang et al., 2008). If the solubility product constant of CaSO4 is exceeded, it will be necessary to reduce its concentration, before the stream is fed to a second NF module. Electrodialysis is a widely applied desalination technology for moderately saline streams. Electrodialysis is generally the most economic process, if the salt concentration of the solution ranges between 0.5 and 5.0 mg L-1 (Perry, 1998), which is the case for retentate streams after NF or RO of surface water. The principle of electrodialysis is clearly explained in Hell et al. (1998). Two ion exchange membrane pairs, namely AMX/CMX (Neosepta, Japan) and FTAM/FTCM (Fumasep, Germany), are investigated. The membrane pairs are compared on the basis of their removal efficiency of the main ions present in natural waters, with special attention for calcium and sulphate ions. The economic feasibility of retentate treatment by electrodialysis is discussed as well.  

MATERIALS AND METHODS

2.1
Preparation of the nanofiltration retentate solution

Surface water was taken from the Dijle river in Leuven (Belgium). The Dijle water was prefiltered by the cellulose filters MN 713 ¼ (Macherey-Nagel, Germany), S&S 595 and S&S 589/3 (both from Schleicher & Schüll, Germany). These three paper filtrations minimized the concentration of suspended particles with a size larger than 2.5 µm in the feed solution (quantitative removal). These paper filtrations were executed to simulate the pretreatment of the feed water in full scale plants, e.g., the Méry-sur-Oise plant in France, where the number of particles larger than 1.5 µm passing through the membranes are kept to less than 100 per mL (Ventresque et al., 2000).

The retentate solution was obtained by filtering the prefiltered Dijle water with the NF 270 membrane (FilmTec, USA). This was performed in a cross-flow set-up on laboratory scale (batch operation)(Amafilter, the Netherlands). The equipment consists of two modules with a flat sheet membrane, having an effective surface area of 41.5 cm2. The flow channel is rectangular, with a hydraulic diameter of 0.43 cm. The total channel length is 29.3 cm.  The temperature in all experiments was maintained at 293 K by a cooling water circuit. The membrane modules operated under constant pressure (10 bar). The cross-flow velocity ranged from 2.7 to 3.3 m s-1. This corresponds to a Reynolds number between 11,400 and 14,200 (turbulent regime). In this way, concentration polarization could be minimized. However, the cross-flow velocity is much higher than the ones typically used in spiral-wound modules of full scale plants (0.1 - 0.5 m s-1)(Ventresque et al., 2000). The permeate was collected in a separate tank, until a water recovery of 78% was reached, while the retentate was recycled to the feed tank.
2.2
Electrodialysis equipment and membranes
A lab scale electrodialysis apparatus, Berghof BEL-500 (Berghof, Germany), was used. There are three separate circuits present, each with a centrifugal pump: one for the diluate, one for the concentrate and finally one for the electrode rinsing solution. During the experiments, the volume of these three solutions was 4.0 L. The initial composition of the diluate and concentrate was equal. A solution of 1.0 M Na2SO4 circulated in the electrode compartments, in order to rinse the electrodes. There are 5 cell pairs in the stack, each containing a diluate and a concentrate compartment. The active surface area of each membrane is 64 cm2, and the flow channel width between two membranes is 0.5 mm. The cross-flow velocity of the diluate and concentrate solution ranged between 7.5 and 10 cm s-1. The membrane stack is connected to a DC electric potential through two electrodes (TiO2 coated titanium). A potential of 16.5 V was applied, i.e., 1.5 V per cell, in all experiments. When a higher voltage is used, the speed of the separation increases. However, the manufacturer recommends not to apply more than 1.5 V per cell in order to avoid the dissociation of water at the membrane surfaces. Two different membrane pairs, namely AMX/CMX (Neosepta, Japan) and FTCM/FTAM (Fumasep, Germany), were used. Information about the membranes is provided in Table 1.

2.3
Analytical methods

The conductivity of the diluate and concentrate compartment was measured with an Orion 160 conductivity meter (Orion, USA). Anion concentrations were measured by spectrophotometric methods. The chloride and nitrate concentration was measured with Nanocolor test tubes (Macherey-Nagel, Germany). The determination of chloride is based on its reaction with mercury(II) thiocyanate, to form undissociated mercury(II) chloride. The liberated thiocyanate shows a coloration with Fe3+ ions at a wavelength of 470 nm. The determination of nitrate is based on its reaction with 2,6-dimethylphenol in acidic solution, to form 4-nitro-2,6-dimethylphenol. Its concentration can be evaluated at 365 nm. The sulphate concentration was measured with the complex formed between Ba2+ and chlorophosphonazo III (CPA III), following the method described in Qiu et al. (1989). The reaction of the Ba2+-CPA III complex with SO42- in acidic medium, in the presence of ethanol, is: 

SO42- + Ba(CPA III)2 

BaSO4 + 2 CPA. 

Therefore, the content of SO42- is obtained from the amount of CPA III formed in this reaction, measured at 500 nm. Cation concentrations of Na+, Ca2+ and Mg2+ were measured using inductively coupled plasma mass spectrometry (ICP-MS)(Thermo X-series I, Thermo Fischer Scientific, Belgium). The concentration of these six ions was measured in both the diluate and concentrate compartment, and the mass balance of every ion was checked. 


2.4 
Economic evaluation

The economic evaluation of an electrodialysis plant should take into account the initial capital costs and the maintenance costs. All values are expressed in US$, and all items are adjusted for inflation to represent 2010 values, by using the CPI (consumer price index) inflation calculator.

2.4.1. Capital costs

The initial investment includes building construction, pumps, sensors, energy cabling and transformers, automation etc. The key factors that affect the capital costs of an electrodialysis unit are the required system capacity, i.e., the flow rate of the feed water Qf (m3 h-1)(which is equal to the flow rate of the diluate), and the salt concentration of the influent. Sajtar and Bagley (2009) collected data from the literature, and found a capital cost of 1,052,000 + 14,340 Qf + 6.06 Qf 2,

for plants removing less than 2000 mg L-1 salt. The interest on investment is assumed to be 6%. The capital cost is paid back over a period of 25 years. 

2.4.2. Maintenance costs

The maintenance costs for an electrodialysis plant were estimated as the sum of the costs for membrane replacement, electricity, labor, concentrate disposal, chemicals, and replacement of miscellaneous parts. The energy consumption and the required membrane area were scaled up on the basis of the lab scale experiments.

2.4.2.1. Membrane replacement costs

The assumed lifetime of the membranes is 10 years, with 10% of the membranes to be replaced annually. The membrane cost is 100 US$ per square meter. 

The required membrane area is determined as follows. The amount of electric charge (C m-3 feed water) that was transported through the ten ion exchange membranes in the lab scale experiments is 
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In this equation, 10 is the number of cell pairs of the lab scale apparatus multiplied by two, Al is the effective surface area of an ion exchange membrane (0.0064 m2), t* is the required desalination time (s), J is the time-dependent current density (A m-2), and Vd is the volume of the diluate compartment (4 . 10-3 m3).

Concerning the full scale installation, the amount of electric charge (C m-3 feed water) transported is
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In this formula, Jl is the limiting current density (A m-2), Af is the required area of ion exchange membranes in the full scale plant (m2), and Qf is the design capacity of the plant (m3 h-1). 

The limiting current density Jl  is strongly dependent on the salt concentration and the flow rate of the feed solution. Jl is proportional to the salt concentration (Długołęcki et al., 2010a; Krol et al., 1999). The effect of the liquid flow rate on Jl is very limited at high salt concentrations. However, in the low salt concentration range (< 0.1 M), Jl increases with increasing cross-flow velocity. This is expected, because the importance of the diffusion boundary layer is more pronounced at lower salt concentrations (Park et al., 2006). Higher cross-flow velocities reduce the thickness of the diffusion boundary layer at the membrane surface, and this directly results in an increased limiting current density. Długołęcki et al. (2010a) observed that the relationship between the cross-flow velocity and Jl is very similar for different anion or cation exchange membranes, which indicates that an increase in flow rate induces an equal decrease of the boundary layer thickness, and consequently the limiting current density is independent of the nature of the membranes. Jl is set equal to 10 A m-2, based on the data provided by Valerdi-Pérez and Ibáňez-Mengual (2001). 

s is a safety factor for the experimentally determined limiting current density. In large scale installations, a value of 70% is used, as the maximum allowable for brackish water operation (Murray, 1999). 

If it is assumed that the electric efficiency (the ratio of the energy needed for the transportation of the counter-ions through the ion selective membranes to the consumed electric energy) is equal in both installations, then both expressions can be equated with each other, so that the required membrane area in the full scale electrodialysis plant is 
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2.4.2.2. Electricity costs

The electrical energy is considered to be equal (per cubic meter feed) to the one measured during the lab scale experiments, i.e., 
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The cost for electricity is assumed to be 0.180 US$ per kWh. The pumping costs are assumed to be independent of the concentration of the solution, and equal to 0.075 US$ per m3 feed water.

2.4.2.3. Labor costs

The labor requirement for an electrodialysis plant was assumed to be one full-time employee per 0,0512 m3 h-1 of feed water treated (Leitner and Associates, 1997).The cost for one employee was assumed to be 60,000 US$ per year. Therefore, the unit cost for labor is 0.1338 US$ per m3 feed water.

2.4.2.4. Concentrate disposal costs

Discharge of the concentrate stream of the electrodialysis plant to a surface water body is the most common practice, primarily because of the low cost. Costs for disposal are typically low, provided that pipeline conveyance distances are not excessively long, and the concentrate is compatible with the environment of the receiving water body (Mickley, 2004). A discussion about the feasibility of disposal into surface water can be found in Nederlof and Hoogendoorn (2005). The costs of the direct disposal of concentrate into the surface water is assumed to be 0.05 US$ per m3 (Malaeb and Ayoub, 2011). The water recovery of the electrodialysis plant is assumed to be 80% (Murray, 1999). The amount concentrate that has to be disposed per hour is thus 0.25 Qf. 

2.4.2.5. Chemical costs and replacement of miscellaneous parts

This is assumed to be 0.018 US$ per m3 feed water (Leitner and Associates, 1997).

RESULTS AND DISCUSSION

3.1
Removal of ions

The NF retentate solution, which has the composition given in Table 2, was electrodialysed with two different membrane pairs, namely AMX/CMX (Neosepta, Japan) and FTAM/FTCM (Fumasep, Germany). Concerning the Neosepta membranes, the concentration of the measured ions, as a function of the desalination time, is shown in Figure 1. The sulphate ions are removed more slowly, compared to the monovalent chloride and nitrate ions. The selective permeation of specific ions through ion exchange membranes mainly depends on the differences in mobility of the specific counter-ions through the membrane. The sulphate ions have a larger hydrated radius than the chloride and nitrate ions (see Table 3). Therefore, they experience a higher resistance when migrating through the membrane, and this explains their lower removal rate (Kabay et al., 2006). The higher selectivity of monovalent anions to sulphate ions has also been observed in literature for several other commercial membranes (El Midaoui et al., 2002; Menkouchi Sahli et al., 2008; Van der Bruggen et al., 2003). The repulsion of divalent ions is caused by the deposition of a thin permselective polymeric layer on both membrane sides during manufacturing. The permselective layer is made of a highly cross-linked resin, through which the permeation of the bulkier sulphate ions is more difficult (Saracco and Zanetti, 1994). The lower permselectivity of sulphate ions is disadvantageous regarding the prevention of scaling in NF/RO applications. The required time to reduce the concentration of sulphate by 25% is 19.5 minutes, although the overall salt concentration (measured via the electrical conductivity) is reduced by 59% at that time. 

The chloride ion has a slightly higher permeation rate, compared to the nitrate ion. However, both ions have the same charge, and a similar hydrated ionic radius (see Table 3). The slight difference in permeation rate is caused by the high cross-linking density of the top layer of the membrane. The transport of nitrate ions requires a more relaxed polymeric structure, while chloride ions, which are slightly smaller and more spherical, are able to pass through the membrane when the structure is more rigid and compacted (Ariza and Otero, 2007).  

Concerning the cations, there were no significant differences between the permeation rate of calcium and magnesium, but they are slightly slower than the sodium ions. These trends were also observed by Kabay et al. (2002). This membrane cannot be regarded as a selective membrane in favor of monovalent cations, in contrast to the CSV membrane of Asahi Glass Co. (Japan)(Bazinet et al., 2000). The latter membranes are made by the deposition of a thin layer on the membrane surface, with positively charged ionic groups. In that case, there is more energy required for divalent ions to pass over this barrier than for monovalent ions (Saracco and Zanetti, 1994).  

The situation is quite different if the Fumasep membranes are considered. The relative concentration of the different ions during electrodialysis is represented in Figure 2. With respect to the removal of anions, the sulphate ions have a remarkably higher permeation rate through the FTAM membrane compared to the monovalent ions. Concerning the cations, there were no significant differences between the different ions. Due to the higher removal rate of sulphate ions, the Fumasep membranes are more appropriate for treating NF/RO retentate streams. The half-life time of the sulphate ion is 19.5 minutes, while, with the Neosepta membranes, the sulphate concentration is only reduced by 25% at that time. 

The differences in removal rate between various ions can be quantitatively assessed by the separation efficiency. The separation efficiency 
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where cA(t) and cB(t) are the concentrations of A and B in the diluate phase. Separation efficiencies range between –1 and 1. A more positive value means that ion A is better retained at the diluate side, while a more negative value means that ion B is better retained (Van der Bruggen et al., 2004). Every three minutes, a sample was taken from the diluate compartment, and the separation efficiency was calculated. Table 4 represents the separation efficiencies for various ion pairs. It lists the mean value of S for all those samples where the overall desalination degree (measured via the conductivity) was at least 25%. For the Fumasep membranes, 
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are close to zero. Thus, they are not suitable for the separation of these ions. However, 
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= 18%, indicating that the sulphate ions are removed faster than the chloride ions. For the Neosepta membranes, 
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have small positive or negative values (± 10%). The permeation rate of these ions is thus not exactly equal. The sulphate ions are removed much slower than the other anions, and this is confirmed by a highly negative value for 
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The selective permeation of specific ions through ion exchange membranes not only depends on the mobility of the counter-ions through the membrane, but also on the degree of affinity of the counter-ions with the membrane. Sata et al. (2001) have carried out significant research work on the relative permselectivities between ions in electrodialysis. They reported that a higher removal rate of sulphate ions compared to chloride ions could be accomplished by increasing the hydrophilicity of the membrane. They prepared different anion exchange membranes, with increasing content of -cyclodextrin, which means that the membranes became more hydrophilic. The transport number of less hydrated ions, such as nitrate ions, relative to chloride ions, decreased, and those of strongly hydrated ions, such as sulphate ions, increased with increasing hydrophilicity of the membranes. 

Sata et al. (2000) assumed that a more hydrophilic membrane material would allow more strongly hydrated ions (like sulphate) to enter and pass the membrane, while less hydrated ions (such as chloride and nitrate) would encounter more resistance, because they have a lower affinity with the membrane. Although sulphate ions have a much higher hydrated radius than chloride and nitrate ions (see Table 3), their high affinity with hydrophilic anion exchange membrane can overcome the differences in ionic radius. Gärtner et al. (2005) suggest that the higher selectivity for more strongly hydrated ions should rather be explained on the basis of the higher degree of dielectric shielding that a larger hydration hull provides to the ion. The larger hydration hull reduces the polarity of the ion, so that the ion encounters less resistance while permeating through the membrane. These resistances consist of charge repulsion with the co-ions in the membrane and resistances from the hydrophobic backbone of the membrane polymers. An ion, shielded by a large and strongly bonded hydration hull, would experience these effects less. 

The hydrophilic character of an ion can be quantified by its Gibbs hydration energy. From the figures in Table 3, it is clear that the hydration energy for sulphate ions is much higher than for chloride and nitrate ions, so that this ion can be regarded as a very hydrophilic ion. The hydrophilicity of ion exchange membranes is related to their swelling degree, when they are placed in an aqueous solution. Gärtner et al. (2005) reported that the volume of a FTAM membrane increases by 14%, when the membrane is immersed in a solution of 0.1 M Na2CO3 in water, while the ACX membrane swells by only 2% in the same solution. This shows that the FTAM membranes are more hydrophilic, and appropriate when a high removal rate of sulphate ions in the diluate is desirable.  

The fact that FTAM membranes have a positive separation efficiency for sulphate ions, relative to monovalent ions, was also observed in electrodialysis experiments with binary salt mixtures. Every solution contained two salts that had one ion in common, i.e. ion A of one salt was replaced by ion B in the other salt and the counter ion of both salts was equal. The concentration of ion A and B were initially equal and ranged from 0.002 M to 0.020 M. The solution was desalinated by electrodialysis until its conductivity was halved. The separation efficiency of ion B, relative to A, was calculated at the end of each experiment. These figures are presented in Figure 3. The separation efficiencies 
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are close to zero, thus the separation of these ions is not possible with the Fumasep membranes, irrespective of the salt concentration. 
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has a positive value, ranging from 26 to 42%. The values of 
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 during electrodialysis of the retentate stream are shown in Figure 4. 
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 is not constant throughout the experiment. During the first 15 minutes, its value ranged between 25 and 46%, which is similar to the values for the binary salt mixtures. However, it decreases at higher desalination times. This is expected because of the decreasing concentration of sulphate relative to the other ions. 
3.2
Current density

The current density as a function of the conductivity of the diluate is shown in Figure 5 for both membrane pairs. It is obvious that the current density decreases at lower conductivity.  Comparing both membrane pairs, it is clear that the current density is lower when using the Fumasep membranes. These membranes have indeed a higher resistance than the Neosepta membranes. The high resistances of the heterogeneous Fumasep membranes most probably result from the fact that they have 4-5 times the thickness of the homogeneous Neosepta membranes (see Table 1)(Gärtner et al., 2005). The higher electrical resistance of the Fumasep membranes implies that a higher power is required, and this will increase the electrical cost of the process. However, if the purpose of the electrodialysis is that the sulphate concentration is reduced by a given percentage, a shorter desalination time is required with the Fumasep membranes. A shorter desalination time at lab scale implies a lower membrane area to treat a given flow rate when using these membranes at large scale. Both membrane pairs will be compared from an economic point of view in the following subsection.

3.3 Economic assessment 

The practical utilization of electrodialysis, as an effective method for the desalination of NF retentates, depends on its economic feasibility. The overall cost of the process is composed of the capital and the maintenance costs. The maintenance costs are mainly determined by the energy consumption and the membrane replacement costs. Assume that the flow rate of the surface water fed to the NF module is 2,000 m3 h-1 (0,091 MGD (million gallon per day)). The feed water is concentrated to a volume reduction of five, resulting in a permeate stream of 1,600 m3 h-1, and a retentate stream of 400 m3 h-1. The design capacity of the NF module is taken 20% higher than the mean capacity, in order to satisfy the higher water demand on hot summer days. In order to calculate the capital costs, the design capacity of the electrodialysis plant is thus equal to 480 m3 h-1. The maintenance costs of the unit are computed for a flow rate of 400 m3 h-1. The total number of operating hours is 8000 per year. 

Three cases will be investigated, depending on the specifications of the electrodialysis plant: (a) a reduction of the overall salt concentration by 50%, (b) a reduction of the ion concentration product of CaSO4 by 75%, and (c) a reduction of the ion concentrations so that a zero discharge system is possible. The results are presented in Table 5. The capital costs, pump costs and labor costs depend only on the flow rate, so these costs are equal for all the investigated situations. It is obvious that the water recovery of the electrodialysis unit will be different in each case. However, the water recovery and the concentrate disposal costs were kept constant. The inaccuracy as a consequence of this assumption is small, because the concentrate disposal costs account for only 2% of the total costs. The only varying costs are thus the membrane replacement costs and the costs for the generation of the DC voltage of the stack. Both costs will be discussed for the three different cases. 

3.3.1.
Case a: reduction of the overall salt concentration by 50%

The required membrane area to achieve this goal is higher for the Fumasep membranes than for the Neosepta membranes. This is caused by the higher electrical resistance of the former. However, although the membrane resistance of the Fumasep membranes is about three times higher compared to the Neosepta membranes, the required Fumasep membrane area is only 8% higher. This is caused by the fact that, for low salt concentrations (< 0.1 M), the diffusion boundary layer in the diluate compartment is the dominant resistance, and the resistance of the membranes plays only a minor role (Długołęcki et al., 2010b). The membrane replacement costs and the energy costs for the stack are proportional to the required membrane area, and thus 8% higher for the Fumasep membranes. The total costs of the electrodialysis unit are comparable for both membrane pairs, i.e., the difference is only 2.4%.

3.3.2.
Case b: reduction of the ion concentration product of calcium sulphate by 75%

The objective of the electrodialysis unit is to remove calcium and sulphate ions, at a minimal cost, in order to prevent scaling in the following NF module. Due to the high permeation rate of sulphate ions through the FTAM membranes, compared to the AMX membranes, the costs are substantially lower when using the former membrane: 0.6468 US$ per m3 diluate, instead of 0.7584 US$ per m3.  

3.3.3.
Case c: reduction of the ion concentrations so that a zero discharge system is possible

The retentate stream of the second NF module is now send back to the feed side of the first NF module. A closed cycle is obtained in this way, without any discharge, except the concentrate stream of the electrodialysis unit. A schematic representation of this proces is shown in Figure 6. It will be investigated if this is feasible, and at what cost. 

Each inorganic ion should be removed by a certain percentage in the electrodialysis unit, so that none of the ions is concentrated in the closed cycle. The required removal rate d of each ion depends on its retention r in the NF module, and the water recovery R of the NF module. The water recovery of the NF module in Figure 6 is set equal to 80%. An ion that is completely rejected by the NF membranes, must be removed by 80% in the electrodialysis unit in order to prevent concentration. An ion that is not rejected by the NF membranes, cannot concentrate in the closed cycle, and must obviously not be removed in the electrodialysis unit. The required removal percentages in the electrodialysis unit ranges thus between 0 and 80%. It can be calculated in the following way for other values of the retention. There is no concentration of a specific ion in the closed cycle if 


[image: image21.wmf](1)

CF

dCC

-=


where CC is its concentration in the NF retentate stream and CF is its concentration in the NF feed stream. CC depends on CF, the ion retention r and the water recovery R of the NF module, i.e.,

[image: image22.wmf](1(1))

1

CF

Rr

CC

R

--

=

-


The required removal d as a function of the retention r for a given water recovery R is thus 
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This equation is shown in Figure 7 for R = 80%. d is not proportional to the ion retention r, however, the function is concave. For instance, if the retention of the ion is 25%, it has to be removed by 60% in the electrodialysis unit. For a retention of 60%, the removal percentage in the electrodialysis unit should be at least 70%. 

The retention of each ion by the NF 270 membrane is given in Table 6, according to the data of de la Rubia et al. (2008). The retention of an ion by NF membranes is strongly dependent on the charge of the ion. The retention of divalent ions is much higher than the retention of monovalent ions, due to Donnan exclusion (Ouyang et al., 2008). The required removal of each ion in the electrodialysis unit is also given in Table 6. The desalination time (in batch experiments), and the required membrane area (in full scale plants) is imposed by the most stringent specification. The sulphate ions defines the most stringent specification, and this ion has to be removed by 78.5%. This could be achieved after 46 minutes with the Fumasep membranes (in the lab scale experiments), and the total cost in large scale plants is 0.7794 US$ per m3 diluate. The specification for sulphate could not be obtained when using the Neosepta membranes. After 30 minutes, the sulphate concentration decreased by only 44%, while the overall salt concentration (measured via the conductivity) decreased by 73%. When it should be applied on a large scale, more than one electrodialysis stage should be required, because the maximal salt removal efficiency for full scale plants is only about 50% per stage (Schoeman and Thompson, 1996). The applied current density depends on the limiting current density at the salt concentration at the outlet of the stage. The limiting current density decreases when the salt concentration decreases (see section 2.4.2.1) and the total costs will be lower if two stages are build when the required desalination degree in the ED unit is higher than 50%

CONCLUSION
The presence of calcium and sulphate ions are often problematic with regard to scaling in NF and RO installations. Electrodialysis is proposed for handling the problem of mineral scaling, allowing for higher water recoveries, and hence a higher production of potable water. Two ion exchange membrane pairs are compared, namely AMX/CMX (Neosepta, Japan) and FTAM/FTCM (Fumasep, Germany). 

Sulphate ions are less easily removed in the diluate compartment compared to the chloride and nitrate ions, if the AMX membranes are used. This is caused by the high cross-linking density of these membranes, so that steric hindrance obstructs the transport of the bulkier sulphate ions through the membranes. The FTAM membranes on the contrary have a high permeation rate for sulphate ions relative to chloride or nitrate ions. The permeation of anions depends, not only on the size of the hydrated anions, but also on the affinity of the anions with the membrane, which is largely affected by the hydrophilicity of the membranes. Sulphate ions have a high hydration energy and are transported more easily through more hydrophilic membranes. 

Due to the high removal efficiency of sulphate ions, the FTAM membranes are recommended for the desalination of retentate streams of NF or RO membranes. This was confirmed by a cost analysis of the electrodialysis unit. The total cost was calculated for different specifications, frequently encountered in water recycling applications. The costs are approximately equal for the Neosepta and Fumasep membranes if the overall salt concentration must be reduced by 50% (0.66 - 0.68 US$ per m3). However, if the objective of the electrodialysis unit is to reduce the CaSO4 concentration, the Fumasep membranes are preferred over the Neosepta membranes (0.65 vs. 0.76 US$ per m3). A zero discharge system, where the NF retentate is recycled back, is only feasible with the Fumasep membranes, in contrast to the Neosepta membranes, but the costs are fairly high (0.78 US$ per m3). 
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